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3.01.1 Introduction contrary, in biotechnology, a beginning of the exploi-
tation of both organic and inorganic membrane
The conversion and selectivity of a chemical reaction  reactor technology in low-temperature applications

can be improved when the reaction is performed in a
membrane reactor. A membrane reactor is a bifunc-
tional apparatus combining a membrane-based
separation with a (catalytic) chemical reaction in
one device [1]. There are some recent reviews show-
ing the benefits of @ membrane-supported chemical
reaction [2—14]. Membrane-supported operations
and membrane reactors will play an important role
in process intensification; for example, membrane
contactors are reactor concepts with a high feasibility
[15-17]. Many chemical processes of industrial
importance, classically using fixed-, fluidized-, or
trickle-bed reactors, involve the combination of
high temperature and chemically harsh environment
that favor inorganic membranes [14]. However, as
yet no inorganic membranes are used in large-scale
industrial gas separation and no high-temperature
chemical membrane reactor is in operation. On the

can be stated [18-19].

There are numerous concepts to classify mem-
brane reactors following, for example, the reactor
design such as extractors, distributors, or contactors,
dividing the membrane into inorganic and organic
ones or porous and dense ones, using the reaction
types such as oxidations, hydrogenations, isomeriza-
tons, and esterifications, defining inert or catalytic
membrane reactors, or taking as classification princi-
ple the position of a catalyst in/near/before /behind a
membrane. Different to these sophisticated concepts,
in this chapter, a simple classification of membrane
reactors into only two groups is used (as shown
in Table 1):

1. Comversion enbhancement in extractor-rype membrane
reactors operating thermodynamically near/at reaction
To the equilibrium

equilibrium. overcome
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Table 1 Classification of membrane reactors used in this chapter
Thermodynamically Kinetically
controlled reactions controlled reactions
ARGP near zero ARGP very negative
ARG® =-RTInK - K= 1 ARG®=-RT InK = K>> 1
A+BSC+D A+B—>C+D
Extractor type D Distributor/contactor type
membrane reactor membrane reactor CD
Cly
Conversion enhancement: Selectivity enhancement:  BLC_>
A

Dehydrogenation
Esterification

Steam reforming
Knoevenagel condensation
Water splitting

Hydrocarbon oxidation I
p-Xylene oxidation

Methane to synthesis gas
Partial hydrogenation

restriction, the reaction must be sufficiently fast
compared to the mass transport through the
membrane (kinetic compatibility). A special
advantage can be that the removal of one of
the products provides an integrated product
purification, thus decreasing the number of pro-
cess units. Besides, selectivity improvements can
be found by selectively removing reaction rate
inhibitors [20].

2. Selectivity enbancement in  distributor/ contactor-type
membrane rveactors operating under reaction kinetics-
controlled  conditions. The desired product is
usually an intermediate in a consecutive reac-
tion, or is one of the products in a system of
parallel reactions. One should note that in the
case of a distributed feed along the reactor, the
flow rate downstream usually increases and the
residence ~time at the catalytic sites will be
reduced.

Because of the worldwide intense research and
development (R&D) on membrane reactors and the
corresponding large number of publications and
patents, only characteristic examples for the two
principles are discussed and emphasis is given to
recent literature after 2000. Further, the successful
use of an extractor-type membrane reactor in the
decomposition of NO, into the elements N, and O,

is described. Here, the product molecule oxygen acts
as a reaction rate inhibitor, which can be in situ
removed using an oxygen-transporting perovskite
membrane.

3.01.2 Conversion Enhancement

in Extractor-Type Membrane Reactors
Operating Thermodynamically under
Equilibrium-Controlled Reaction
Conditions

3.01.2.1 Boosting of Alkane
Dehydrogenation by Hydrogen Removal

s0010

s0015

There are numerous examples for the conversion p0020

enhancement of an alkane dehydrogenation using
porous (zeolite and sol-gel metal oxide) or dense
(metal and ceramic) hydrogen-selective membranes.
The concept to increase the alkane conversion by
selectively removing the hydrogen seems to be sim-
ple at first sight; however, there can be a number of
implications, such as coking, hydrogenolysis, and
cracking [2], in the usual tubular membrane reactors
for dehydrogenation (Figure 1). Further, if pore
membranes are used and a light sweep gas such as
He is applied to reduce the hydrogen partial pressure
on the permeate side, the crossover of the sweep gas
by counter-diffusion from the sweep to the feed side
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Conventional fixed bed

i-butane <= i-butene
———F R cno./ALo, i-butane
5 H

Fixed bed with membrane

i-butane  ~——— 23T i-butene
6 ) i 2 cr?oj/ﬁ% s ) i-butane
H, Sweep gas
N

Figure 1 Typical experimental setup used for the
membrane-supported dehydrogenation of alkanes using
tubular hydrogen-selective membranes. Overlapping
processes of dehydrogenation with cracking, coking,
hydrogenolysis, and dilution of the feed by the sweep gas
can falsify the results (see text).

of the membrane must be avoided since the dilution
of the alkane on the feed side by the sweep gas also
increases  the of the
dehydrogenation.

On the other hand, it is not compulsory to use
narrow-pore membranes with pores only accessible

conversion alkane

for hydrogen. In addition, medium-pore zeolite
membranes, the pore size of which allows the passage
of both hydrogen and the hydrocarbons, can be used
successfully in the membrane-supported dehydro-
genation. As an example, a MFI zeolite membrane
is used in the catalytic dehydrogenations of i-butane.
Despite the fact that both H, and i-butane can pass
the 0.55-nm pores due to their kinetic diameters (0.29
and 0.50 nm, respectively), the interplay of mixture
adsorption and mixture diffusion results in a H,
selectivity at high temperatures (Hj flux ~ 1 m’ m~~
h™" with a mixture separation factor o (H,/i-butane
~ 70 at 500 °C) and 1in an i-butane selectivity of the
silicalite-1 membrane at low temperatures (i-butane
flux ~ 0.5 m* m™>h " with a mixture separation fac-
tor o (i-butane/H, ~ 15 at room temperature) [21].

Table 2
silicalite-1 membrane

In the conventional packed-bed experiment, the
thermodynamic  equilibrium  conversion  was
obtained (Table 2). As hydrogen was removed selec-
tvely through the silicalite-1 membrane, the i-
butane conversion increased by about 15% [21].
The removal of hydrogen leads to hydrogen-
depleted conditions, which have two positive effects:
(1) the conversion of i-butane is increased as
expected due to a lower rate of the reverse reaction
and (i1) the selectivity to i-butene is also increased
because the hydrogenolysis is suppressed. Therefore,
at the beginning of the reaction the i-butene yield in
the membrane reactor 1s higher by about 1/3 than in
the conventional packed-bed (Table 2). However,
because of the hydrogen removal, coking is promoted
and after approximately 2 h time on stream the olefin
yield of the membrane reactor drops below that of
the classical packed bed [22]. However, after an
oxidative regeneration, the activity and selectivity
are restored completely. Further experimental
results for the silicalite-1-assisted dehydrogenation
of id-butane can be found, for
References 22 and 23.

Future developments of membranes for hydrogen
economy could trigger new activities in the mem-
brane-supported dehydrogenation. Most promising
seems to be the development of thin (about 1 pm)
supported hydrogen-selective zeolite layers on a
wide variety of carriers, for example, capillaries,
fibers, tubes, or monoliths, such as the synthesis of
thin zeolite layers on spun hollow fibers as support
[24]. Since Si-rich zeolite membranes are hydrother-
mally more stable, Corma’s full Si0, with
lipoteichoic acid (LTA) structure (ITQ_29) [25]
would be a promising candidate for a hydrogen-
selective membrane development and first attempts
can be stated [26]. In additon, the synthesis of
one-dimensional (1D) AIPO4-5 membranes with a
c-out-of-plane orientation of the parallel AFI pores
by tertiary growth, is a pioneering concept for devel-

example, in

oping 1D membranes for hydrogen sieving [27].

Increase of the i-butane conversion X(i-butane) above the equilibrium limit if hydrogen is removed through a

X(i-butane) (%)

Temperature (°C) Classical packed bed Membrane supported packed bed
510 35 39
540 43 60

Conditions: WHSV = 1 h~", Cr,04/Al,05-catalyst (Stid-Chemie), membrane area per unit mass of catalyst =20cm?g~", data after
20 min time on stream. From lligen, U.,Schéfer, R., Noack, M., Kdlsch, P., Kihnle, A., Caro, J. Catal. Commun. 2001, 2, 339.

p0030
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Six-ring zeolite membranes, such as SOD (0.28-nm
pore size), and 8-ring zeolite membranes, such as
CHA (0.34nm) and deca-dodecasil 3R (DDR;
0.44nm), will allow the effective separation of
hydrogen.

50020 3.01.2.2 Increasing the Esterification Yield
by Water Removal

p0035 With the availability of water selective membranes,
which are stable in acidic surrounding and organic
solvents at elevated temperatures, membrane-sup-
ported esterification becomes possible. There are
different ways to increase the yield of an esterification.
Most frequently, the cheapest educt is present in a
surplus concentration or the low boiling ester is
removed by reactive distillation. Another concept is
to keep the concentration of the product water as low
as possible by the use of adsorbents such as LTA
zeolites or even by chemical reactions such as the
hydrolysis of Al tri-isopropylate, thus consuming
water. In the case of the low-temperature esterification
of methanol or ethanol with short-chain monovalent
hydrocarbon acids, hydrophilic organic polymer
membranes can be used for the i situ dewatering in
a membrane reactor. However, to support esterifica-
tions at higher temperatures, hydrophilic inorganic
membranes with high stability against strong acids
have to be used. ZSM-5-type zeolite membranes are
suitable candidates to fulfill these demands. The

1.0

benefits of a membrane-supported esterification were
shown for the reaction of #-propanol with propionic
acid using a ZSM-5 membrane of the Si/Al=96. The
ester yield can be increased from 52% to 92% by
removal of water through the membrane (Figure 2).
This ZSM-5 membrane is acid stable up to pH=1;
however — due to the low Al-contents — the hydro-
philicity is low and, consequently, the resulting water
flux of 72gm ™ *h~'bar™" is still much too low for
technical applications.

There is ongoing research on novel water selec- p0040
tive membranes. A recently developed phillipsite
(PHI) membrane with a mixture separation factor
a > 3000 for a 10 we.% water/90 wt.% ethanol
mixture with water fluxes >0.3 kg m~>h ™" looks pro-
mising [28]. In another application for the selective
removal of water by pervaporation and vapor per-
meation during an esterification by using hydrophilic
ZSM-5 and mordenite (MOR) membranes, almost
complete conversion of about 100% was reached
within 8h in the esterification of lactic acid with
ethanol [29]. Vapor permeation is also applicable to
the i situ removal of water in the formation of
unsaturated polyesters [29].

Conventionally, only hydrophilic membranes are p0045
used for dehydration of solvents. Despite its hydro-
phobic character, the all-silica DDR membrane turns
out to be well suited to separate water from organic
solvents by molecular sieving due to its small pore
size [30]. Excellent performance in the dewatering of
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f0010 Figure 2 Conversion enhancement by water removal via a hydrophilic ZSM-5 membrane with a Si/Al =96 in a membrane
reactor for the esterification reaction of propionic acid + i-propanol = ester + water at 70 °C [36].
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ethanol (flux of 2kgm *h™" and a=1500) is
observed and the membrane is also able to selectively
remove water from methanol (flux of Skgm ™ >h™"
and a=9). Water could also be removed from
methanol/ethanol/water mixtures, even at water
feed concentrations below 1.5 wt.%. This water
removal by DDR membranes is attributed to mole-
cular sieving. Water easily passes through the DDR
structure, while the organic molecules experience
increasing diffusion hindrance with increasing size.

In the Fischer—Tropsch synthesis, the removal of
the by-product water has several advantages on the
reactor performance, such as reduced catalyst deac-
tivation and lowered kinetic inhibition. Therefore, it
was proposed to use hydrophilic membranes to
increase reactor productivity [31]. The iz situ water
removal by a sol—gel silica-based membrane [32] and
a ceramic-supported polymer membrane [33] in the
presence of a CO/CO,-shift active Fe-based catalyst
resulted in increased total carbon conversion to
hydrocarbons. The application of more hydrophilic
zeolite membranes than silica or organic polymers
with higher selectivity and higher water fluxes, such
as LTA [34] and H-SOD [35], for the iz situ water
removal in  Fischer—Tropsch synthesis looks
promising.

3.01.2.2.1 Water removal in Knoevenagel
condensations in micro reactors

The Knoevenagel condensation is a modification of
the aldol condensation named after Emil
Knoevenagel. It is a nucleophilic addition of an active
hydrogen compound to a carbonyl group followed by
a dehydration reaction in which a molecule of water

(a)

CsNaX powder
Catalyst (1)

NaA zeolite
membrane (2)

is eliminated (hence condensation). The combination
of the concepts of membrane reactor and process
miniaturization provides new routes for chemical
synthesis that promises to be more efficient, cleaner,
and safer [37]. These smart, integrated, microchemi-
cal systems are expected to bring into realization a
distributed, on-site, and on-demand production for
high value-added products in the form of miniature
factories and micro-pharmacies [38]. The incorpora-
tion of zeolites
elements, including catalysts [39—41] and mem-
branes, has been reported in previous works [42—44].

A recent example of fine chemical reaction carried
out in a membrane microreactor is the Knoevenagel
condensation reaction where the selective removal of
the by-product water during the reaction led to a
25% improvement in the conversion [45]. The reac-
tion between benzaldehyde and ethyl cyanoacetate
to produce ethyl-2-cyano-3-phenylacrylate was cat-
alyzed by a CsNaX zeolite catalyst deposited on the
microchannel and the water was selectively pervapo-
rated across an LTA membrane (Figure 3(a) [46]. All
the water produced by the reaction was completely
removed and the membrane was operating below its
capacity [47]. This means that the performance of the
membrane microreactor is limited mainly by the
kinetics, that is to say that both thermodynamic and
mass transfer constraints were removed. A fourfold
increase in reaction conversion was obtained when
the improved CsNaX-NH, catalyst was used instead
of CsNaX [48]. Locating the separation membrane
immediately next to the catalyst further improved
the performance

in  microreactors as functional

membrane microreactor

(Figure 3(b)). The selective removal of the by-

NaA zeolite
membrane (2)

f0015 Figure 3 Membrane microreactor for Knoevenagel condensations with water removal [45, 46]: (a) The CsNaX catalyst (1) is
deposited as powder on the microchannel wall and the 6-pum-thick NaA membrane (2) is grown on the back of the stainless steel
plate. (b) The CsNaX catalyst film (1) is deposited directly on top of the 6.5- um-thick NaA membrane (2) in the microchannel.
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product water in the membrane microreactors also
benefited other Knoevenagel condensation reactions,
such as reactions between benzaldehyde and ethyl
acetoacetate and diethyl malonate [49].

A multichannel membrane microreactor for the con-
anuous selective oxidation of aniline by hydrogen
peroxide on TS-1 nanoparticles was successfully
demonstrated. The high surface-area-to-volume ratio
that can be attained in the microreactor (3000 m* m ™)
facilitates the selective removal of the water by-pro-
duct, which reduces also the catalyst deactivation
during the reaction. An improvement in the product
yield and selectivity toward azoxybenzene was also
observed. Azobenzene was obtained as by-product and
its formation was attributed to the homogeneous reac-
tdon of nitrosobenzene with aniline. Increasing
temperature was beneficial for both yield and selectiv-
ity; however, beyond 67°C, microreactor operation was
ineffective due to bubble formation and hydrogen per-
oxide decomposition [50, 51].

3.01.2.3 Hydrogen Production by Water
Splitting Using Oxygen-Selective Perovskite
Membranes

Recently, it was shown that it is possible to produce
significant amounts of hydrogen from water splitting
at around 900 °C, using a novel BaCo,Fe,Zr.0s5
(BCFZ) oxygen-permeable hollow-fiber membrane
[52]. Although water dissociation into oxygen and
hydrogen is conceptually simple, efficient hydrogen
production from water remains difficult due to the
small equilibrium constant of water dissociation H,O
= H,+"0,. Because of the low K, &~ 2 x 1078 at
900 °C only tiny equilibrium concentrations of P, =~

(a) Membrane
Steam side

H4O\

H,0 = Hy + 1/2 0,

it

Methane side

/ CH,4

Catalyst

1/2 02 + CH4 — CO + 2H2

kSyngas (CO, H,)

4.6x 10 °bar and P> ~ 9.2 x 10 ®bar will be
found. However, even these small equilibrium con-
centrations are sufficient to extract oxygen through
an oxygen-selective perovskite membrane.

Early studies demonstrated the possibility of p0075

hydrogen production from direct water decomposi-
tion using the mixed-conducting oxygen-selective
membrane at extremely high temperatures of 1400—
1800 °C. Balachandran ez a/. 53] fed hydrogen on the
permeation side to consume the permeated oxygen.
In this case, a high oxygen partial pressure gradient
across the membrane was established, and a high
hydrogen production rate of 6cm’min~'cm™* at
900 °C was obtained. An even higher hydrogen pro-
duction rate of 10 cm® min~" cm™” could be achieved
by using Gd-doped CeO, as mixed-conducting
membrane with an optimized microstructure [54].
However, hydrogen production by consuming the
oxygen on the permeate side, using externally
produced hydrogen, may represent a proof of prin-
ciple, which is, of course, impractical. When methane
is. used to consume the permeated oxygen by
partial oxidation of methane (POM) according to
CH; +%0, — CO + 2 H,, not only the oxygen
permeation rate can be increased due to the higher
oxygen partial pressure gradient across the membrane,
but it is also possible to obtain synthesis gas (a mixture
of carbon monoxide, CO, and hydrogen, H,), which can
be used to synthesize a wide variety of valuable hydro-
carbons (diesel) or oxygenates (methanol), or which can
be transformed at lower temperature as well into
hydrogen by the water-gas shift reaction according to
CO + H,0 — H, + CO..

Figure 4 presents the concept of the simultaneous p0080
production of hydrogen and synthesis gas in a BCFZ

f0020 Figure 4 The concept of simultaneous production of hydrogen and synthesis gas by combining water splitting and partial
oxidation of methane (POM): (a) reaction mechanism and (b) its realization in a perovskite oxygen-permeable hollow-fiber

membrane.
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perovskite hollow-fiber membrane reactor. At tem-
peratures of 800-900 °C, water is sent to the steam/
core side of the BCFZ hollow fiber and, at these
temperatures, water starts to dissociate into hydrogen
and oxygen. When the oxygen partial pressure on the
core/steam side of the BCFZ hollow fiber is higher
than that on the shell/methane side, oxygen perme-
ates from the steam/core side to the methane/shell
side, where oxygen is quickly consumed by the POM.
Thus, oxygen and hydrogen become separated, and
the water splitting can continue. Obviously, the
hydrogen production rate directly depends on the
rate of oxygen removal from the water dissociation
system. As shown in Figure 4, a hlgh hydrogen
production rate of about 2.25cm’min~'em™? at
900 °C is obtained.

p0085  We can learn from Figure 5 that the hydrogen
production rate increases as the temperature rises
from 800 to 950°C and a hydrogen flux of 3.1 cm’
min~' cm™? was obtained at 950 °C [52]. When the
temperature is increased, the equilibrium constant of
the endothermic water splitting will increase accord-
ing to the van’t Hoff equation. Therefore, the
equilibrium is shifted toward the water dissociation
and more hydrogen can be produced. Moreover, with
increasing temperature, both the rate of the POM
and the permeability of the BCFZ hollow-fiber
membrane will increase. So, the hydrogen produc-
tion rate becomes higher with rising temperature.

p0090  In fact, not only hydrogen is produced as retentate

~ on the steam/core side of the BCFZ hollow-fiber
membrane after water condensation, but also synth-
esis gas (CO and H,) can be simultaneously produced
on the methane/shell side. The exit gas of the

methane/shell side mainly consists of H,, CO, and
small amounts of CO,, H,O, and unreacted methane.
According to previous studies [79, 81], the so-called
POM process using a Ni-based catalyst is firsta total
oxidation followed by steam and CO, reforming.
However, the products of total oxidation (CO, and
H,0) can be transformed with a fine-tuned amount
of unreacted methane by catalytic steam- and dry-
reforming steps to synthesis gas.

3.01.3 Selectivity Enhancement

in Distributor/Contactor-Type
Membrane Reactors Operating under
Reaction Kinetics Conditions

3.01.3.1 Partial Oxidation of Hydrocarbons
by Nonselective Supply of Oxygen through
a Porous Membrane as Reactor Wall

Pore membranes can be used for the nonselective
feeding of air or oxygen through membranes, thus
providing a low and uniform oxygen partial pressure
along the axial dimension of a tube reactor [2, 9].
Because of the slight differences of the kinetic dia-
meters of oxygen (0.344 nm) and nitrogen (0.364 nm),
the air dosing is usually not combined with an oxy-
gen enrichment. The concept is based on the
different dependencies of the rates of partial and
total oxidation (hydrogenation), respectively, on the
concentration of oxygen (hydrogen). If the reaction
rate 18 described by a power law, the exponent of the
oxygen (hydrogen) concentration in the rate equa-
tion is higher for total oxidation (hydrogenation)
than that for partal oxidaton (hydrogenation).

(@) (©) Oty A
\ (shell side) (CO, Hy)
(}1&\ . Hollow fiber
‘To 3 /./
C
ooE 2 1 I/. <
§ e (cc?rt: i;,rize) -[" S : —f Steam-+H,
| R B
Al
T . | | ' ' Catalyst
800 850 900 950 Gold film Silicon rubber ring

Temperature (°C)

f0025 Figure5 H, production by water splitting: (a) hydrogen generation on the core/steam side as a function of temperature [52];
and (b) the experimental setup. Core/steam side: Fyoo =30cm?®
, and Fgna =2 cm®min~"). Amount of packed Ni/Al,O5 catalyst: 0.8 .

50cm®min~" (Fye =45cm®min~", Fye =3 cm®min~’

Effective membrane area: 0.89 cm?.

min~" and Fue =10cm®min~". Shell/methane side:

s0035

s0040

p0095
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A low oxygen (hydrogen) partial pressure along the
reactor should be beneficial, therefore, for a high
oxygenate (hydrogenate) selectivity.

In the oxidative dehydrogenation of ethane
(ODE), the selectivity and yield for ethylene were
found to increase by ~10% if air is dosed continu-
ously along a porous tube reactor [16]. A similar
improvement of the selectivity of 8-10% compared
to a conventional packed bed reactor at equal con-
was  found the  oxidatve
dehydrogenation of propane (ODP) [55].

In the case of the maleic acid (MA) anhydride
synthesis by #z-butane partial oxidation on vanadium
phosphorous oxide (VPO), reactor simulations did
forecast improved selectivities by oxygen distribution
along the length axis of the tube reactor [56]; however,
in the experiments, only a modest improvement of
selectivity was found [57]. Due to a low oxygen/»-
butane ratio at the reactor inlet, the vanadium catalyst
was in a reduced state. With increasing conversion of
n-butane, the oxygen/nz-butane ratio increased and the
V" species responsible for the MA selectivity were
formed. However, by doping the VPO catalyst with
Co or Mo, the active V' species could be stabilized
even at the low oxygen/»-butane ratio of 0.6 [58].

As a last example for improved selectivities in
partial oxidations when the oxygen is fed into the
reactor through a porous wall, the direct oxidation of
propane to acrolein is addressed. Acrolein selectiv-
ities which were two- to fourfold higher than those in
the classical co-feed reactor were obtained at equal
propane conversion (Figure 6) [59].

versions for

3.01.3.2 POM to Synthesis Gas in a
Perovskite Hollow-Fiber Membrane Reactor

In Section 3.01.3.1, the nonselective dosing through p0115

the porous reactor wall was taken to control the
partial pressure of a gaseous reactant over the reac-
tor, whereas, here, the selective dosing of oxygen
from air through a highly oxygen-selective perovs-
kite membrane is discussed.

An attractive route for the utilization of natural p0120

gas 1s its conversion to synthesis gas (CO + H,). Up
to now, the strongly endothermic steam reforming
(StR) is the dominant process for producing syngas
from natural gas giving a H,/CO ratio of 3, which is
unsuitable for methanol or Fischer—Tropsch synth-
esis. Therefore, the slightly exothermic POM to
syngas, which gives a H,/CO ratio of 2, has drawn
much attention. Although POM with air as the oxy-
gen source is a potential alternative to StR, the
downstream requirements cannot tolerate the pre-
sence of nitrogen. Therefore, pure oxygen is
required, and a significant part of the investment
costs associated with conventional POM to syngas
1s those of the oxygen separation plant. In comparison
with StR, the catalytic POM is estimated to offer cost
reductions of about 30% [60]. Dense mixed oxygen-
ion- and electron-conducting membranes are selec-
tvely permeable to oxygen at high temperatures
between 800 and 900°C. Thus, from air only the
oxygen ions can be transported through the mem-
brane to the reaction side, where it reacts with the
methane to syngas. Local charge neutrality is

50
e Co-feed reactor
Q 401 == simulated co-feed reactor
<
> Ao Membrane reactor
= 30+ — simulated 14-cells reactor
2309
g
&
c20®
2 1
o
3 !
< 104y
A
‘ Ap
0 — —— T ———
0 20 40 60 80 100

Propane conversion (%)

f0030 Figure 6 Direct partial oxidation of propane to acrolein in a conventional co-feed reactor and in a membrane reactor with
oxygen dosage through a porous membrane [59]: experimental data and simulation of the acrolein selectivity as a function of
the propane conversion. The bifunctional catalyst Agg.o1Bio.s5V0.54M00.4504 was deposited as layer direct on the porous wall

of the reactor.
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maintained by the counter-current transport of elec-
trons. No external electrodes and electricity are
needed and cheap air can be used as oxygen source
for POM; the pure oxygen separation and the POM
reaction are combined in one reactor and hot spots, as
in the conventional co-feed reactor, can be elimi-
nated due to the gradual feeding of oxygen through
the membrane.

So far, mainly relatvely thick disk-shaped mem-
branes with a limited membrane area were studied
because disks can be easily fabricated by a conven-
tional pressing method. Although a multiple planar
stack can be adopted to enlarge the membrane area to
an industry-relevant scale, many problems, such as
the high-temperature sealing and the pressure resis-
tance, have to be faced [61]. Tubular membranes
with diameters in the centimeter range with thick
walls were developed to reduce the engineering dif-
ficulties, especially the problems associated with the
high-temperature sealing [62]. However, their small
surface-area-to-volume ratio and their relatvely
thick walls lead to a low oxygen flux and make
them unfavorable in practice. A membrane with a
thin wall in a hollow-fiber geometry can solve the
problems mentioned above. Compared to the disk
and tubular membranes, hollow-fiber membranes
possess much larger membrane area per unit volume
for oxygen permeation [63, 64]. Furthermore, the
resistance of the hollow-fiber membrane as a full
material (i.e, nonsupported) to oxygen permeation
is very much reduced due to the thin wall as it 1s the
case for supported thin perovskite films. Other model
solutions are multichannel monoliths, tube-and-plate
assemblies, or single-hole tubes. Praxair has devel-
oped about 2-m-long single-hole tubes prepared by
extrusion [65]. The so-called tube-and-plate concept
of Air Products consists of 10 cm x 10 cm plates con-
nected with a central support tube for the pure
oxygen [66—68]. Hydro Oil and Energy developed a
multichannel monolith for oxygen separation [69].
Whereas the industrial realization of a catalytic
membrane reactor is still an aim that is difficult to
realize, the implementation of a perovskite-based
plant for the production of oxygen-enriched air or
of air separation seems to be easier feasible. By Vente
et al. [70] the membrane geometries of single-hole
tubes, multichannel monoliths, and hollow fibers for
air separation are evaluated.

Looking back, the breakthrough in the wide appli-
cation of membranes in dialysis, natural gas and
refinery gas treatment is closely linked to the devel-
opment of organic hollow fibers spun from organic

polymers. Therefore, there are increasing activities
to prepare inorganic hollow fibers, including gas-
tight perovskite hollow fibers for oxygen transport
at elevated temperatures (e.g., References 71-74).
Recently, from the modified perovskite composition
BCFZ (x+y+2=10) [75], O,-permeable hollow-
fiber membranes, with high O, permeation flux and
excellent thermal and mechanical properties, have
been prepared [76-78]. Figure 7(a) schematically
shows a hollow-fiber membrane reactor; Figure 7(b)
demonstrates the experimental setup. T'wo ends of the
hollow fiber were sealed by Au paste and placed in a
gas-tight dense alumina tube. Therefore, such an Au-
sealed short piece of a hollow-fiber membrane can be
kept in the middle of the oven, thus ensuring real
isothermal conditions.

In the POM to synthesis gas, the optimization of a
laboratory-scale reactor as shown in Figure 7 using
BCFZ hollow-fiber membranes [76] gave CO selec-
tvities of S(CO)=96% for methane conversions
X(CHy4) =95% if the commercial Ni-based StR cat-
alyst (Stid-Chemie) is placed around and behind the
perovskite hollow fiber (seen from reactor inlet to the
outlet direction) (Figure 8). The BCFZ hollow-fiber
membrane reactor could be operated up to 300h in
the POM without failure [17]. Air, as the oxygen
source, was passed through the tube side of the
fiber; methane and the catalyst were outside.
Knowing that the mechanism of the POM cannot
be stopped at the intermediates CO and H,, this
reaction can be viewed as a total oxidation followed
by the so-called dry and steam reforming of the total
oxidation products CO, and H,O by CH4 [79].
Therefore, the above-mentioned StR catalyst was
used. However, two problems had to be solved: (1)
coke deposition occurs and results in a mechanical
blocking of the reactor after about 50h time on
stream. By using methane/steam mixtures as the
feed with CH4/H,0O < 1, coke deposition could be
completely avoided. (2) The BCFZ hollow fiber was
destructed by BaCOj; formation in the cold region of
the reactor near to the reactor outlet at about 600 °C.
Since CO; formation cannot be avoided completely,
carbonate formation had to be stopped for thermo-
dynamic reasons by having the whole perovskite
fiber at 875°C. This required a novel hot sealing
technique for short pieces of a hollow fiber by using
Au paste (Figure 7(b)). As a result, the laboratory-
scale reactor could be operated several hundred
hours in the POM (Figure 9).

Figure 10 represents the possible pathways in the
POM showing an interplay of total and partial

p0135
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f0035 Figure 7 Partial oxidation of methane (POM) to synthesis gas: (a) scheme of the POM reaction with oxygen separated from
air. Air is sent through the core side of the perovskite hollow-fiber membrane; oxygen is transported through the mixed ion
and electron-conducting membrane to the shell side where the catalytic partial and total oxidations of methane followed by
steam reforming and dry reforming take place [17]. (b) The one hollow-fiber catalytic membrane reactor using gold paste for
the hot sealing of the fiber. Effective fiber length: 11.9 mm, outer diameter: 0.88 mm, inner diameter: 0.52 mm [17].

p0145

oxidations as well as reforming reactions as it was pro-
posed by Kondratenko and Baerns [80]. We could obtain
high methane conversions and high CO selectivities
only, when some Ni-based StR catalyst was packed
behind the oxygen ‘permeation zone (zone 3 in
Figure 8) where the reforming of the total oxidation
products, CO, and H,0, with unreacted CH,4 can take
place. Consequently, the synthesis gas formation from
methane in a mixed-conducting perovskite membrane
reactor is called an oxidation-reforming process [ 79, 81].

Perovskite hollow-fiber membranes were success-
fully tested over several hundred hours in the POM
to synthesis gas (typical product gas composition 65%
H,, 31% CO, 2.5% unreacted CHy, and 1.5% CO,)
and the production of oxygen-enriched air (O, content
between 30% and 45%). When arranged in bundles,
hollow fibers can reach high membrane area per reac-
tor/permeator volume. Economic goals, as membrane

area perm’ permeator volume of the order of
5000m°m " at a price of about 1000€m > nonin-
stalled area, are met by the perovskite hollow fibers.
Based on our results, the amount of oxygen necessary
for a methanol plant with a capacity of 2000 tons day ™'
based on POM could be delivered by 4 600 000 hollow
fibers. Assuming a fiber length of 1 m, this would lead —
depending on the packing — to a cylindrical module of
only 4-m diameter.

It should be noted that mixed-oxygen-ion- and p0150
electron-conducting membranes in hollow-fiber geo-
metry have been successfully tested not only for the
syngas production but also for the preparation of
oxygen-enriched air [82, 83], the oxi-dehydrogena-
tion of hydrocarbons to the corresponding olefins
[84], and the oxidative coupling of methane (OCM)
to C,4 hydrocarbons. These processes are discussed
in the following section.
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low for an industrial application. However, during
100 - the past few years, remarkable progress could be
observed in the classical co-feed ODE, especially by
80 - reaction engineering measures, leading to ethene
yields up to 56% at 71% selectivity in autothermal
S 604 o oxidative dehydrogenation at short contact time of
< Q ~45 ms, using catalysts as igniters [85]. A high pro-
o T pene yield of 30% was obtained on K-Mo catalysts
407 on S10,-T10, supports using a diluted feed (92.5%
inert, 5% propane, and 2.5% O,) [86]. Propene yields
20 1 B of 22% are reported on intercalated Mo catalysts also
S(COy) for diluted feeds (73% inerts, 18% propane, and 9%
0 lo—e—@—06—@& 0 0,) [87]. A reasonable propene yield of 18% with an
825 850 875 900 925 excellent space time yield of 12 kg propene kg™ ' h™"
T(°C) was obtained for VO, on MCM-48 [88].
0040 Figure 8 CH, conversion, CO and CO; selectivities, as First results on_oxidative dehydrogenations using p0160
~ well as Ho/CO ratio of the BaCo,Fe,Zr,05 _ s (BCFZ2) oxygen-transporting membranes showed superior
PGVQkait%hﬁgﬁVgi:gt#:s: (;%TEZZ‘E?:JE:‘:?&;ZE& o yields compared to classical co-feed fixed-bed reactors.
fear:;)aelgttr:. To avoid coking, the feed contained 8.4 vol.% In ODE using planar and tbular oxygen-conducting
steam [17]. membranes from BagsSrysCogsFe),O03; _ s an ethene
selecuvity of 80% at 84% conversion was found at
50050 3.01.3.3 Hydrocarbon Partial Oxidation QYT [P, 90]. The same material reached 66%
with Selective Oxygen Supply ethene yield at 807°C, which could be further

increased to 76% at 777°C by incorporation of Pd
p0155 Oxidative ODE and ODP to the respective olefins is clusters [91, 92]. An ethene yield of 56% per pass,

considered as a promising alternative to the (cataly- together with an ethene selectivity of 80%, was

tic) thermal dehydrogenation, since there is no achieved in a dense tubular ceramic membrane reactor
equilibrium constraint on the conversion. However, made of Bi, 5Y,3SmOj5 at 875 °C [93].

the ylelds attained so far in the oxidative dehydfo— Compared to ODE7 there are Only a few papers on p0165

genations in conventional co-feed reactors are too  ODP in mixed ion—electron-conducting (MIEC)
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1 —v—CH,
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f0045 Figure 9 Off-gas composition in the partial oxidation of methane (POM) reaction. The gas composition 65% Ha, 31% CO, 2.5%
CH,, and 1.5% CO, corresponds to X(CH,) = 95%, S(CO) = 96%, and S(CO,) = 4%, feed = CH, with 55 mimin~" + H,O with
5mimin~", temperature = 875°C; pressures on both sides of the BaCo,Fe,Zr,03 _ s (BCFZ) hollow-fiber membrane: 1 bar [17].
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f00s0 Figure 10 Reaction pathways in the catalytic perovskite hollow-fiber membrane reactor [81]. Note that the Ni catalyst can
be in different redox states according to the surrounding gas phase: In zone 1, the catalyst is present mainly as NiAl,Oy; in

p0170

zone 2, as NiO/Al,Og3; and in zone 3, as Ni/Al,Oa.

membrane reactors. Using a Bag;Srg5CogFeq,05 s
perovskite and a diluted feed (90% inert and 10%
propane), propene selectivities of 44.2% were found
[94]; at low propane conversion (5%), the propene
selectivity was 52%. These results show that — in
contrast to ODE — there is no improvement for
ODP, as yet, in using oxygen-transporting mem-
brane; the performances reported are still below
those of classical co-feed fixed-bed reactors.

Because of the high temperatures in the perovs-
kite membrane reactors for the ODE and ODP, an
overlap of the desired oxidative dehydrogenation
with the noncatalytic gas-phase dehydrogenation,
including cracking, coking, and other high-tempera-
ture reactions, takes place [84]. The performance of
MIEC membrane reactors depends on membrane
geometry as well: for ODE using Ba(Co,Fe,Zr)O;_s
membranes with a disk geometry almost 80% selec-
tivity to ethene was observed, whereas hollow-fiber
membranes reached only 40% (Figure 11 and
Table 3). This was explained by the different contact
times in the two reactor configurations, that is, with
hollow-fiber membrane, deep oxidation of ethene to
CO and CO, could not be avoided. Once ethene is
formed, it reacts again with lattice oxygen or gaseous
oxygen to form CO, and H,O.

(a) CoHg CoH,

Air

(b) C,Hg

(:E;iiizgzi;lsiséiiiizgz:;l<3g

Air —»
|
Figure 11 Comparison of the oxidative dehydrogenation
of ethane (ODE) in the oxygen-transporting disk membrane

reactor (a) and in the hollow-fiber membrane reactor (b) [84].
For the results see Table 3.

Similar to ODE and ODP, the OCM to C, hydro-
carbons (ethane and ethene) is a widely studied topic
in C; chemistry. Methane activation for OCM by
lattice oxygen from an MIEC membrane looks pro-
mising as well (Figure 12). However, the high-
temperature level where the oxygen-transporting
membranes work implies that side reactions, such as

f0055
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Table 3 Oxidative dehydrogenation of ethane to ethylene according to CoHg +1/2 Oo — CoHy + H2O

(see Figure 11)

Product selectivity (%)

Reactor types Membrane surface area (cm?)  C,Hg conversion (%) C,H; CH,; CO CO»
Disk membrane 0.9 85.2 79.1 10.7 5.4 4.8
Hollow fiber 3.52 89.6 39.9 121 154 326

Comparison between a Ba(Co,Fe,Zr)O5_s perovskite disk and a hollow-fiber membrane reactors at 850 °C. Feed:
40 mlymin~", Ethane diluted with 90% He on the core side; air flow rate on the shell side: 300 miy min~") [84].

05 (gas)

\‘ O, (ads)

/CH4(ads) \ /CgHe(adS)\ og + 2 he
CHy(gas) CHgy (gas) — CoHg(9) CoHy(gas) 02 gas)
S /

—~
CO,, H,0

f0060 Figure 12 Possible mechanisms of the oxidative coupling of methane (OCM) in an oxygen-transporting membrane reactor [94].

p0180

thermal cracking and a variety of radical reactions,
occur. Most probably, in oxygen-transporting mem-
brane reactors (1) direct POM at the perovskite
surface, (2) formation of radicals at the perovskite and/
or catalyst surface, and (3) radical reactions both at the
catalyst surface and in the gas phase occur simulta-
neously. Therefore, solid catalysts were proposed to
support the OCM reaction. One of the highest C, yields,
thats, 35% at a C, selectivity of 54%), was obtained in a
tubular membrane reactor with a Bi;5Y(35mg->03 5
MIEC membrane [95]. However, the feed was strongly
diluted (2% CH, in He): BaSrCoFe O; s [96] and
BaCeGdOs;_s [97] of different chemical compositions.
Typical results are C, selectivities of 70-90% for
methane conversions below 10% and diluted feeds. If
the CH, content in the feed is increased, the C, selec-
tivity drops below 40%.

On the one hand, the direct supply of oxygen from
air through an oxygen-transporting membrane for
ODE, ODP, and OCM seems to be very promising.
On the other hand, the high temperatures of 800-
900°C, usually applied to achieve sufficient high
oxygen flux, spoil the selectivity of these reactions.

There are recent attempts to develop oxygen-trans-
porting materials with sufficient oxygen flux at low
temperatures, such as 500-600°C. As an example,
Figure 13 shows the oxygen fluxes through a
BCFZ  hollow-fiber  perovskite =~ membrane.
Figure 13(a) shows the low-temperature oxygen
fluxes through a BCFZ hollow-fiber membrane
after 20 min time on stream. As Figure 13(b) shows,
the oxygen fluxes decrease with permeation time but
the initial oxygen-transport characteristics can be
restored after a 1-h treatment of the spent BCFZ
hollow-fiber membranes at 925 °C in air [98].

3.01.3.4 p-Xylene Oxidation to Terephthalic 50055

Acid in a Reactor with a Bifunctional
Membrane

There are ambitious attempts to combine membrane p0185

layers of different functionality. As a first example,
for shape-selective oxidations, a thin Ti-doped sili-
calite-1 layer was crystallized on a BCFZ oxygen-
transporting perovskite membrane in disk geometry
[100]. If a mixture of the xylene isomers would be in
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f0065 Figure 13 Low-temperature oxygen permeation (flow rate: 150 ml min~" air on the shell side, 30 mimin~" He on the core
side; 0.43 cm? effective membrane area) [98]: (a) oxygen permeation flux through a BaCo,Fe,Zr,03 _ s (BCFZ) hollow-fiber
membrane as a function of temperature, and (b) oxygen permeation fluxes through a BCFZ hollow-fiber membrane as a
function of time at 500 °C (flow rate: 150 mImin~" air on the shell side, 30 mimin~" He on the core side; the effective area of
hollow-fiber membrane: 0.43 cm?).

contact with this bilayer membrane facing the Ti-
modified silicalite-1 layer, it can be expected that
mainly the p-xylene isomer will enter the silicalite-1
layer and will become oxidized to the terephthalic acid
with the oxygen released from the perovskite mem-
brane. As Figure 14 shows, this concept works indeed.
From a technical Cg stream, it is the p-xylene, indeed,
that has been partially oxidized to terephthalic acid.

reaction of the type A — B — C. The pore-through-
flow membrane reactor, as a special type of a mem-
brane contactor, was wused for the partial
hydrogenation of 1,5-cyclooctadiene (COD) to
cyclooctene (COE) (Figure 15). A catalytic mem-
brane contactor is a device in which a membrane
containing a catalytically active phase is used to
provide the reaction zone, thereby the membrane
not necessarily has a separative function. In the
selective hydrogenation of COD to COE, we

s0060 3.01.3.5 Partial Hydrogenation of have the case of a reaction network of the type

Cyclooctadiene to Cyclooctene in a
Pore-through-Flow Membrane Reactor

p0190 The partial hydrogenation ‘of a di-olefine to the

corresponding monoolefine represents a consecutive

Mixture of
55 vol.% meta-xylene
20 vol.% para-xylene
20 vol.% ortho-xylene
5 vol.% ethylbenzene

Air

Silicalite-1 layer

N

A s , where the consecutive reaction
of the desired intermediate B to C should be avoided.
In fixed-bed reactor with catalyst pellets, the selec-
avity of such reactions is limited by mass transport

Mixture of

53 vol.% meta-xylene
9 vol.% para-xylene
9 vol.% terephthalic acid
19 vol.% ortho-xylene
3 vol.% ethylbenzene

Oxygen-
depleted
air

BCFZ perovskite layer

(BCF2)/Ti-silicalite-1 membrane reactor at 850 °C [100].

f0070 Figure 14 Partial oxidation of p-xylene from a technical Cg mixture to terephthalic acid in a bilayer BaCo,Fe,Zr,0z s
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f0075 Figure 15 Schema of the pore-through-flow catalytic

membrane reactor for hydrogenations of multi-unsaturated
hydrocarbons as a special case of a catalytic membrane
contactor reactor: the Pd catalyst is placed on the pore walls
over the whole cross section of a symmetric membrane. In
every loop, the feed becomes H,-saturated again [2].

due to diffusion processes into and out of the pores of
the catalyst. This pore diffusion increases the contact
time of the intermediate B at the catalyucally active
sites, which promotes the formation of C. In the pore-
through-flow membrane reactor, the selectivity lim-
itation by diffusion can be avoided because the
reactants pass the membrane in a fast convective
flow. As a consequence, higher activity and increased
selectivity to the intermediate product C can be
expected. By applying a high flow rate, this operation
mode allows one to eliminate the influence of the

diffusional resistance present in conventional porous
catalysts, thus offering the perspective to exploit the
true kinetic properties of the solid active phase, that is,
higher activity and improved selectivity in consecu-
tive reactions. The catalytically functionalized pores
of the membrane provide a medium with defined
contact times for the co-feed of hydrogen and an
unsaturated hydrocarbon. Applications of membranes
with built-in catalysts for gas/liquid reactions have
been reviewed by Dittmeyer ez 4l [101].

A number of authors have investigated membrane
contactors to improve the performance of gas/liquid
reactions, mainly of hydrogenations. Several groups
studied the selective hydrogenation of nitrate and
nitrite in water to nitrogen on bimetallic Pd/Cu-
and Pd/Sn- or monometallic Pd catalysts, which
were either directly deposited into porous ceramic
membranes [102-104] or embedded as alumina-sup-
ported powder catalysts in porous polymer
membranes. Others tested the pore-through-flow con-
cept for the selective hydrogenation of edible oils
[105] and of various unsaturated organic substrates,
such as 1-octyne to octene, phenylacetylene to styr-
ene, COD to COE, and geraniol to citronellol [106].

The porous alumina membranes were deposited
with Pd by wet impregnation with a Pd salt solution
and subsequent activation by a reducing agent. Their
catalytic activity and selectivity were investigated in
a reactor system constructed as a loop of a saturation
vessel and a membrane module for the partial hydro-
genation of COD to COE (see Figure 16). Details
about impregnation procedure and experimental
setup are given by Schomicker e al [107]. The

f00g0 Figure 16 Pilot-scale loop membrane contactor reactor for the selective hydrogenation working due to the pore-through-

flow principle (a) and the porous 27-tube ceramic module used in the scale-up (b). A: saturation unit, B: circulation pump, C:

membrane module [17].

p0195
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transferred  from
laboratory to the pilot scale at Bayer Technology
Services GmbH. The volume of the saturation unit
was increased from 0.2 to 5.2 | and the membrane
area from 20 to 500 cm”. The flow rate of the reaction
mixture per membrane area was kept constant. The
loop reactor is shown in Figure 16(a). The 27-tube
membrane module used is shown in Figure 16(b).
The functionalization of the ceramic tubes by Pd
particles was done according to the same procedure
that was used for single membrane tubes. The COD
hydrogenation experiments were performed in a
range of 30-60°C, 0.1-1 MPa hydrogen pressure,
and 0.5-2kgm™? s circulation flow rates and
using membrane tubes with a pore diameter of 0.6—
3.0 um. Both in the laboratory as well as in the pilot
scale, the same loop reactor, the scheme of which is
shown in Figure 15, was used. The H,-saturated
liquid is pumped as feed at high flow rates through
the membrane, thus eliminating the diffusive mass
transfer resistance.

For the partial hydrogenation of COD, the selec-
tvity for COE is higher in the pore-through-flow

hydrogenation reactions were

a) 100 .g-2-a o}
(@) ,,B'EIEBOOOOOOOO
yA! 0©
[ A7
5 801y, 9
> YZQ e)
Q vy o
8 60140
§ Iw
S 404/ -~ Membrane
[ L
2z VA O--Pd/Al,O4 in FBR
3 Il -\~ Pd/Al,O4 in SR
201! .
7 —V— Pd/Al,O5 powder in SR
0 T T T T T T T T
0 40 80 120 160
Time (min)

membrane reactor compared to a fixed-bed reactor
or a slurry reactor with catalyst pellets (Figure 17).
The highest COE selectvity (95% at complete con-
version) 1s obtained in a slurry reactor with a
suspended powder catalyst, because all mass transfer
limitations are avoided here. The same result is
obtained in the pore-through-flow membrane reac-
tor, indicating that the hydrogenation reaction in the
pore-through-flow membrane reactor is indeed only
controlled by the microkinetics of the reaction and
not by mass transfer effects, such as pore diffusion

(Table 4).

The selective hydrogenation of COD to COE was p0210

successfully scaled up to the pilot scale by a factor of
27. This factor was applied to the system volume,
membrane area, and circulation flow rate in order to
ensure constant reaction conditions. As Figure 18
shows, the COD conversion and the COE selectivity
were comparable in the laboratory-scale apparatus,
using a single-tube membrane and in the pilot-scale
apparatus using a bundle of 27 membrane tubes. In
the pilot plant reactor, the reaction is even somewhat
faster than on laboratory scale, while the selectivities

(b) 100
90
X
w80
S e}
2 704 0]
> -~~~ Membrane 0
S 60- O Pd/ALO, in FBR o}
3 —/A~ Pd/Al,O, in SR 0
50 |~V Pd/ALO; powder in SR O
Q
0
40 T T T T T T T T

0 20 40 60 80 100
Conversion COD (%)

f00ss Figure 17 Selectivity improvement when conducting the partial hydrogenation of cyclooctadiene (COD) to cyclooctene
(COE) at 50°C and 1 MPa H, pressure as a model reaction for a consecutive reaction of the type A — B — C in a pore-
through-flow reactor (porous «-alumina membrane; circulation flow rate 120 ml min~'=0.5 kg m~2s~") in comparison with a
conventional fixed-bed reactor (FBR) and a slurry reactor (SR). Equal amount of 1 mg Pd for all reactors: Pd/Al,O3 (egg-shell
type) as 3-mm pellet catalyst with 0.5 wt.% Pd. COD concentration is 0.4 moll~": (a) COD conversion vs. time, and (b) COE

t0020

selectivity vs. COD conversion [17].

Table 4 Selectivities for cyclooctene (COE) in the selective hydrogenation of cyclooctadiene (COD) at

complete conversion of COD [17]

Reactor type

Selectivity for COE at X(COD) ~ 100 %

Pore-through-flow membrane
Slurry (with powder catalyst)
Fixed bed (with shell catalyst)

94%
95%
45%
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f0090 Figure 18 Scale-up of the partial hydrogenation of cyclooctadiene (COD) to cyclooctene (COE) in a pore-through-flow
membrane reactor from the laboratory scale to a pilot plant [17, 106], overall volume of lab scale reactor 0.2 |, membrane area
20cm? , amount of Pd =1 mg; overall volume of pilot reactor 5.2 I, membrane area 500 cm? , amount of Pd =30 mg. 50°C,
1 MPa hydrogen pressure, Ccop,o = 0.41 mol I=", pore diameter 1.9 um, and circulation flow rate 0.5kgm™2s~': (a) COD
conversion vs. time, and (b) COE selectivity vs. COD conversion.
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are the same within experimental error. The differ-
ence in the rates may be explained by a higher
amount of palladium and better dispersion of palla-
dium within the membrane capillary bundle. With
these data, a space—time yield for COE of 1 mol 1"
h™' and a productivity of 30 mol h™! gpanadium_l is
obtained. The pore-through-flow membrane reactor
used for the partial hydrogenation of a multiunsatu-
rated hydrocarbon was successfully scaled up into the
pilot scale. For a process to produce 1tonh™" of a
product by a parual hydrogenation with a similar
kinetics than COD hydrogenation, an overall volume
of 2-10 m’ would be required, depending on a suita-
ble reactant concentration. This solution would be
circulated through a membrane module with 60 m” of
porous alumina membrane containing 20 g of palla-
dium. The volume of this membrane module would
be below 1 m”.

3.01.4 Removal of Oxygen as a
Reaction Rate Inhibitor in the NO,
Decomposition in an Extractor-Type
Membrane Reactor

Nitrous oxide (N,O) has recently received much
attention since it greatly contributes to the green-
house effect and causes a severe destruction of the
ozone layer in the stratosphere. N,O is produced by
both natural and anthropogenic sources. Compared
to the natural sources, N,O emissions, which can be
reduced in the short term, are associated with

chemical and energy industries. The major N,O
emission of chemical production comes from adipic
acid and nitric acid plants. In the past few decades,
significant efforts have been devoted to the develop-
ment of technologies for N,O reduction, mainly the
selective catalytic reduction (SCR), and the catalytic
decomposition of N,O to O, and N,. The major
drawback of the SCR is the high cost associated
with the consumption of reductants. Direct catalytic
decomposition of N,O without addition of reducing
agents is an attractive and economical option to
reduce N,O emission. Catalysts, including supported
noble metals, metal oxides, and perovskites, have
been reported to be active in the direct catalytic
N,O decomposition. However, metal-oxide catalysts
suffer from oxygen inhibition and a low reaction rate
of the N,O decomposition is observed.

The problem of product poisoning in the direct
catalytic decomposition of N,O could be solved by
m sitw removal of the inhibitor oxygen, using a
perovskite membrane of the composition BCFZ in
hollow-fiber geometry [108]. The BCFZ membrane
fulfills two tasks: it acts as (1) a catalyst for the
decomposition of N,O and (2) a membrane for
the removal of the rate-inhibiting surface oxygen. The
basic concept is shown in Figure 19: N,O catalytically
decomposes on the perovskite membrane surface to
N, and surface oxygen (OF) according to
N,O — N, + O" Subsequently, O" is removed as
oxygen ions (O”7) through the membrane, while local
charge neutrality is maintained by counter-diffusion of
electrons (e”). In order to ensure a sufficient driving
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Synthesis gas applied at the shell side, which means that none of
CH, (2H,+CO) the oxygen surface species produced by the decom-
position of N,O was removed by permeation through
the membrane. The corresponding results are shown
in Figure 20(a). The N,O decomposition increases
with increasing temperature; however, the conver-
sion is relatively low (<30% even at 900°C). The
catalytic decomposition of N,O on the perovskite
membrane surface mainly proceeds in two steps: (1)
decomposition of N,O into N, and adsorbed surface
oxygen (O") according to Equation (1) and (2) deso-
rption of surface oxygen as O, to the gas phase

NoO +26” mummmmp- 0%~ + N,

according to O* 22 %0, + * This reaction, that is,

2H,+CO +2¢™ <guummmm 02"+ CH, the oxygen—oxygen recombination, is known to be

f0095 Figure 19 Mechanism of the direct decomposition of N,O the rate—hmltmg step 10 N,O de*composmon [109,
" to N, with in situ removal of the rate-inhibiting surface 110]. Since the surface oxygen O™ generated by the
oxygen by perovskite hollow-fiber membrane [108]. N,O decomposition occupies the surface active site

for the decomposition of N,O, only a low N,O con-
version is obtained. Contrary to this poor conversion,
force for the oxygen transport through the membrane, ¢ 1 othane as an oxygen-consuming sweep gas is fed
methane is fed to the permeate side of the membrane to ¢ the shell side, the N,O decomposition is signifi-
consume the permeated oxygen via the POM to synth- cantly improved as shown in Figure 20(b).
esis gas according to CHy + 07" — CO + 2H, + 2¢ . The membrane approach presented here has to p0230
As a result, surface oxygen (O") can be quickly removed . yge 5 reducing agent, so that it would be sustainable -
by the membrane once it is generated from N>O and economically attractive to combine the N,O
decomposition. Therefore, the average amount of " removal with the simultaneous production of valu-
adsorbed oxygen (O”) is reduced and a higher reaction able chemicals. Here, we used the permeated oxygen

rate of the N>O decomposition is obtained. to produce the N,-free synthesis gas. Figure 21
p0225  In order to demonstrate this concept, we carried shows the CO selectivity and CHy4 conversion on
out experiments with and without oxygen removal the shell side as well as the N,O conversion on the
using a BCFZ perovskite hollow-fiber membrane. core side as a function of time. N,O in the core side
N,O was fed to the core side and no sweep gas was was completely converted. Simultaneously, synthesis
100 1
(B)
75
& —&— With O, removal by the membrane
g\‘ 50 4 —&— Without O, removal
X
25 1 .—’_’,_F//.’_’—.
| (A)
0 T v T T T T T
800 825 850 875 900

Temperature (°C)

f0100 Figure 20 Conversion of N,O at different temperatures with or without oxygen removal via a perovsklte hollow-fiber
membrane [108]. Experimental details — core side: 30 cm®*min~'(Fyoo =6 cm®min~', Fre =24 cm®min 1) shell side: (A) no
oxygen-consuming sweep gas applied, and (B) with methane as oxygen-consuming sweep gas, 40 cm®min~’
(Fona=8cm®min™", Fye=12cm®min~" and Fypo =20 cm®min~"); membrane area: 0.86 cm?. Amount of Ni-based catalyst
on shell side: 1.2g.
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Figure 21 N,O conversion (a), methane conversion and CO
selectivity (b) as a function of time on stream at 875 °C [108].
Experimental details — core side: 30 cm®min~'
(Fnoo=6cm®min", Fop=1.5cm®min ",
Fiie=22.5cm®min~"); shell side: 40 cm®min~
(Fona=23cm®min~", Fiypo = 17 cm®min~1); membrane area:
0.86 cm?. Amount of Ni-based catalyst on shell side: 1.2g.

1

gas is obtained with a methane conversion of 90%
and a CO selectivity of 90% for at least 60h of
operation. The technology is more feasible when
the concentrations of nitrous oxide in the off-gas
are sufficiently high, such as in adipic acid plants.

The same mechanism, similar to that of the N,O
decomposition, could be successfully applied for the
NO splitting into the elements [111]. Figure 22
shows the concept of NO decomposition in the
BCFZ perovskite hollow-fiber membrane reactor.
First, the adsorbed NO is catalytically decomposed
on the surface of the BCFZ membrane into N, and
surface oxygen (O”), based on the reaction NO
—1/2N, + O" [112, 113]. Then, the surface O is
removed as oxygen ions (O”7) via the perovskite
oxygen-transporting membrane, and local charge
neutrality is maintained by the counter-diffusion of
electrons (™). Thus, the surface oxygen (O%) can be
continuously removed via the BCFZ membrane once
it is generated from NO decomposition, which will
result not only in a kinetic acceleration of NO
decomposition, but also in the prevention of NO,
formation. Table 5 shows the NO conversion for
different temperatures.

3.01.5 Conclusions

There are numerous examples for the application of
membranes to enhance a chemical reaction, such as a
dehydrogenation, partial oxidation, isomerization, or an
esterification. The traditional concept for an application
of membranes in reactors is focused on conversion
enhancement by equilibrium displacement removing
under equilibrium controlled reaction kinetics condi-
tions small product molecules like hydrogen or water,
thus increasing the conversion and the yield of a dehy-
dration or dehydrogenation, respectively. The
corresponding reactor is called membrane extractor
reactor.

By dosing one of the educts selectively or nonselec-
tively through the reactor wall, the partial pressure of
this reactant can be fine-tuned along a reactor dimen-
sion. Thus, the selectivity of a kinetically controlled

Table 5 Conversion of NO at different temperatures without and with oxygen removal using methane as

oxygen consuming sweep gas

Temperature (°C)

(a): X(NO) (%) without O, removal

(b): X(NO) (%) with O, removal

800
850
875
900
925

W W = =

29
60
100
100
100

Experimental details—core side: 30 cm®min™"(Fno =3cm®min™", Fre =1 cm®min~", Fue =26 cm®min~"); shell side: (a) no

sweep gas applied, and (b) methane as oxygen consuming sweep gas, 50 cm®min~" (Fos =8cm®min™,
, and Froo=5cm®min~"); 0.5 g Ni-based catalyst packed on shell side [111].

Fre=37cm®min~"

4
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reaction can be influenced via the partial pressure of a
component. As a general rule, low partial pressures of
oxygen/hydrogen support a partial, instead of a total,
oxidation/hydrogenation. The corresponding reactor is
called membrane distributor/contactor reactor. The so-
called pore-through-flow membrane reactor is a special

Ministry of Education and Research (BMBF) is
thanked for financing this project under the auspices
of ConNeCat (Competence Network on Catalysis).
Further, J.C. thanks the DFG for supporting the
International Research Group on Diffusion in
Zeolites (Ca 147-11/1 and 11/2).

type of membrane contactor.

In Section 4, the successful application of an extrac-
tor-type membrane reactor in the case of the reaction
rate inhibition was dealt with. As an example, the rate
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